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a b s t r a c t

A redox process combining propane dehydrogenation (PDH) with selective hydrogen combustion (SHC) is
proposed, modeled, simulated, and optimized. In this process, PDH and SHC catalysts are physically
mixed in a fixed-bed reactor, so that the two reactions proceed simultaneously. The redox process can
be up to 177.0% higher in propylene yield than the conventional process where only PDH catalysts are
packed in the reactor. The reason is twofold: firstly, SHC reaction consumes hydrogen and then shifts
PDH reaction equilibrium towards propylene; secondly, SHC reaction provides much heat to drive the
highly endothermic PDH reaction. Considering propylene yield, operating time, and other factors, the
preferable operating conditions for the redox process are a feed temperature of 973 K, a feed pressure
of 0.1 MPa, and a mole ratio of H2 to C3H8 of 0.15, and the optimal mass fraction of PDH catalyst is
0.5. This work should provide some useful guidance for the development of redox processes for propane
dehydrogenation.
� 2021 The Chemical Industry and Engineering Society of China, and Chemical Industry Press Co., Ltd. All

rights reserved.

1. Introduction

Propane dehydrogenation is one of the most important on-
purpose techniques for producing propylene, a key intermediate
for numerous products like polypropylene, propylene oxide, and
acrylonitrile. Due to the large price gap between propane and
propylene, propane dehydrogenation is very economically prof-
itable. Driven by this, some commercial propane dehydrogenation
processes have been developed, including Oleflex, Catofin, and
STAR [1–3]. Although these processes have been widely applied
in industry for many years, they still can be largely improved in
some aspects.

Propane dehydrogenation to propylene is a reversible and
highly endothermic reaction (DH298K = +124 kJ�mol�1) [4]. To
achieve a high propane conversion under the thermodynamic lim-
itation, the reaction should take place under a high temperature
(>873 K) and a low pressure (<0.2 MPa) [2], which largely reduces
the efficiency of a commercial propane dehydrogenation process.
To drive this endothermic reaction, much heat needs to be input
into a propane dehydrogenation reactor. Besides, with the progres-
sion of propane dehydrogenation, hydrogen accumulates in the

reactor, which significantly reduces the equilibrium conversion of
propane. To solve these problems, some approaches have been
applied in the commercial processes. For instance, in the Oleflex
process, preheaters are placed before propane dehydrogenation
reactors to increase the temperature of reactants prior to the dehy-
drogenation reaction [5,6]. In the STAR process, a reformer-type
dehydrogenation reactor is used to meet the high energy consump-
tion by the dehydrogenation reaction [7]. These approaches can
solve the problems of thermodynamic limitation and heat input,
but at the great cost of capital investment and energy consump-
tion. Some new approaches are still required to improve the pro-
pane dehydrogenation technique.

Propane dehydrogenation combined with selective hydrogen
combustion is a very attractive approach [8–12]. The combustion
of hydrogen shifts the reaction equilibrium to the desired pro-
duct—propylene, and also supplies much heat to drive the dehy-
drogenation reaction. For a straightforward process of combining
propane dehydrogenation and selective hydrogen combustion,
gaseous oxygen can be co-fed with propane into the dehydrogena-
tion reactor where a hydrogen combustion catalyst is mixed with a
conventional dehydrogenation catalyst [13]. This ‘‘co-fed” process
requires gaseous oxygen commonly obtained from cryogenic air
separation, which is highly energy-intensive. Besides, it also has
the safety issues related to the mixing of oxygen with hydrocar-
bons and hydrogen at high temperatures. To resolve these
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problems, solid oxygen carriers (also known as redox catalysts)
with lattice oxygen can be used in the reactor [14,15]. The oxygen
carriers donate lattice oxygen to convert hydrogen into water and
then the reduced carriers are exposed to air to replenish the lattice
oxygen, which is known as the chemical looping (or redox) process.
A typical redox process for combining propane dehydrogenation
with selective hydrogen combustion is illustrated in Fig. 1. Oxygen
carrier and PDH catalyst are mixed and packed in a fixed bed reac-
tor. The redox reactions (MeOx�1 þ 1

2O2 ! MeOx and
H2 þMeOx ! MeOx�1 þH2O) occur in the reactor, and the feed is
periodically switched between propane and air to achieve redox
cycles. The chemical looping combustion of hydrogen avoids the
direct contact of oxygen with the flammable mixture and the use
of cryogenic air separation. Thus, propane dehydrogenation com-
bined with chemical looping combustion of hydrogen is a safe
and efficient approach to producing propylene.

To commercialize this technique of propane dehydrogenation
combined with chemical looping combustion of hydrogen, it
requires proper oxygen carriers, as well as reasonable designs of
redox reactors and processes. The oxygen carriers are normally
composed of metal oxides, and have been extensively investigated
in the Refs. [16–26]. The representative oxides, like Sb2O4, In2O3,
and Bi2O3, show high hydrogen combustion selectivity (>90%),
although they are normally unstable under high temperature
redox cycling [18,22–26]. Ceria doped with W, Bi, Cr or Pb shows
hydrogen combustion selectivity up to 98% and also good stability
in the temperature range of 773–873 K [16,17,19–21]. However,
few works have reported the designs of redox reactors and pro-
cesses for propane dehydrogenation combined with chemical loop-
ing combustion of hydrogen. In order to aid these designs, we need
a proper model for the reactor where propane dehydrogenation
and chemical looping combustion of hydrogen occur simultane-
ously. The models for chemical looping combustion of fuels in
fixed-bed and fluidized-bed reactors have been developed [27–
32]. However, the model for propane dehydrogenation combined
with chemical looping combustion of hydrogen in one reactor
has not been reported in the literature to the best of our
knowledge.

In this work, we develop a two-dimensional dynamic model for
propane dehydrogenation and chemical looping combustion of
hydrogen in a fixed-bed reactor, as fixed-bed reactors are widely
used in commercial propane dehydrogenation processes [1,3,7].
In the fixed-bed reactor, the redox process is compared with a con-

ventional dehydrogenation process where only PDH catalysts are
packed in the reactor. Besides, we investigate how operating con-
ditions (i.e., feed temperature, pressure, and feed composition)
and packing density of oxygen carrier affect this redox process.

2. Modeling

2.1. Reaction system

Two types of reactions take place in the fixed-bed reactor: (1)
propane dehydrogenation and related side reactions; (2) combus-
tion of hydrogen and hydrocarbons. A commercial Pt/Al2O3 catalyst
can be used as the propane dehydrogenation catalyst. Over this
catalyst, propane dehydrogenation, propane cracking and ethylene
hydrogenation occur simultaneously:

C3H8�C3H6 þH2 DrH298 K ¼ 124kJ �mol�1 ð1Þ

C3H8 ! CH4 þ C2H4 DrH298 K ¼ 81kJ �mol�1 ð2Þ

C2H4 þH2 ! C2H6 DrH298 K ¼ �137 kJ �mol�1 ð3Þ
The reaction rates for propane dehydrogenation (r1), propane

cracking (r2), and ethylene hydrogenation (r3) are adopted from
the Ref. [33]:

r1 ¼
k1 PC3H8 �

PC3H6 PH2
Keq

� �

1þ PC3H6
KC3H6

ð4Þ

r2 ¼ k2PC3H8 ð5Þ

r3 ¼ k3PC2H4PH2 ð6Þ
Here, ki (i = 1, 2, and 3) is the reaction rate constant of reaction i,

Pj (j = C3H8, C3H6, H2, and C2H4) is the partial pressure of compo-
nent j, Keq is the equilibrium constant, and KC3H6 is the adsorption
constant of propylene. These kinetics parameters can be found in
the same Ref. [33].

Some metal oxides, e.g., Sb2O4, In2O3, Bi2O3, and CeO2, could be
the potential oxygen carriers for selective combustion of hydrogen,
as they have excellent hydrogen combustion selectivity [13,14].
However, these oxides are still not stable enough under high tem-
perature redox cycling, and they need to be largely improved

Fig. 1. A schematic illustration of the redox process for combining propane dehydrogenation with selective hydrogen combustion in a fixed-bed reactor.
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before being used in industry [13,14]. Besides, systematic reaction
kinetics of these oxides in the presence of hydrocarbons have not
been reported in the literature. To build the reactor model, we
define a pseudo-metal-oxide (i.e., MeOx), and this pseudo-metal-
oxide is assumed to be supported on alumina. Over this MeOx/
Al2O3 redox catalyst, we assume only combustion of hydrogen
occurs (i.e., 100% hydrogen combustion selectivity), and the reac-
tion enthalpy is assumed to be �86 kJ�mol�1 (close to the one using
copper oxide as the oxygen carrier) [34]:

H2 þMeOx ! MeOx�1 þH2O DrH298 K ¼ �86kJ �mol�1 ð7Þ
The reaction rate equation for the combustion of hydrogen (r4)

is taken from the literature:

r4 ¼ k4cH2cMeOx ð8Þ
where k4 is the reaction rate and cj (j = H2 and MeOx) is the concen-
tration of component j. The kinetic parameters can be found in the
same work. When using different reaction enthalpies and kinetics
for hydrogen combustion, the results should be quantitatively dif-
ferent but still qualitatively valid. It is also worth noting that this
work focuses on modeling and simulation of propane dehydrogena-
tion combined with hydrogen combustion and the cycle of the
redox process is not investigated. The design and optimization of
the process cycle is one of our objectives for future work.

2.2. Model equations

The propane dehydrogenation catalyst and oxygen carrier are
uniformly mixed in the fixed-bed reactor, and the reactor can be
assumed to be pseudo homogeneous. Besides, the reactor is
assumed to be operated under adiabatic condition. The mass,
energy and momentum conservation equations are employed to
describe the coupled mass transfer, heat transfer, and chemical
reactions in the adiabatic fixed-bed reactor. In this work, the
fixed-bed reactor is assumed to have a cylindrical shape, and thus
a two-dimensional axisymmetric model is adequate. It should be
noted that a three-dimensional model is required when perform-
ing the reactor design where complex structures are involved.

The mass conservation equation for component i (excluding
MeOx and MeOx�1) is given by:

e
@ci
@t

þ u
@ci
@z

¼ e
De;i

r
@

@r
r
@ci
@r

� �
þ 1� eð ÞyPDHqPDHRPDH;i

þ 1� eð Þ 1� yPDHð ÞqSHCRSHC;i ð9Þ
Here, e is the porosity of catalyst bed in the reactor, ci is the

molar concentration of component i, u is the apparent velocity of
gas in the reactor, De,i is the radial effective diffusion coefficient
of component i, qPDH is the density of the catalyst for propane
dehydrogenation, qSHC is the density of the redox catalyst for selec-
tive hydrogen combustion, yPDH is the mass fraction of the PDH cat-
alyst in the catalyst bed, RPDH,i is the net reaction rate of
component i determined from Eqs. (1)–(6), and RSHC,i is the net
reaction rate of component i determined from Eqs. (7) and (8).
De,i is calculated using the Wilke formula [35]:

De;i ¼ 1� xiPn
j¼1
j–i

xj=Di;j ð10Þ

where xi is the molar fraction of component i and Di,j is the binary
diffusivity of component i in a mixture of i and j that is calculated
from the Chapman-Enskog equation [36]. The mass conservation
equation for MeOx and MeOx�1 is:

@ci
@t

¼ RSHC;i ð11Þ

The initial condition for the mass conservation equations is:

ci ¼ ci;0 at t ¼ 0 ð12Þ
where ci,0 is the molar concentration of component i at t = 0. The
boundary conditions for the mass conservation equations are:

cijz¼0 ¼ ci;in;
@ci
@z

����
z¼L

¼ 0 ð13Þ

@ci
@r

����
r¼0

¼ 0;
@ci
@r

����
r¼R0

¼ 0 ð14Þ

where ci,in is the molar concentration of component i at the reactor
inlet and L is the reactor length.

The energy conservation equation is given as follows:

qbCp;s þ eqgCp;g

� �
@T
@t þ uqgCp;g

@T
@z ¼ keff

r
@
@r r @T

@r

� �þ
1� eð ÞyPDHqPDH

P3
j¼1

rj �DHj
� �þ 1� eð Þ 1� yPDHð ÞqSHCr4 �DH4ð Þ

ð15Þ
Here, T is the temperature, qb is the packing density of the reac-

tor, Cp,s is the heat capacity of the solid phase, qg is the density of
the gas mixture, Cp,g is the heat capacity of the gas phase, keff is the
effective thermal conductivity, and DHj is the reaction enthalpy of
reaction j. keff can be calculated by:

keff ¼ 1� eð Þks þ ekg ð16Þ
where ks is the thermal conductivity of solid phase that is adopted
from the Ref. [37] and kg is the thermal conductivity of gas mixture
that is calculated using the Wassiljewa equation [36].The initial
condition for the energy conservation equation is:

T ¼ T0 at t ¼ 0 ð17Þ
where T0 is the initial temperature. The boundary conditions for the
energy conservation equation are:

Tjz¼0 ¼ T in;
@T
@z

����
z¼L

¼ 0 ð18Þ

@T
@r

����
r¼0

¼ 0;
@T
@r

����
r¼R0

¼ 0 ð19Þ

where Tin is the temperature at the reactor inlet.
The momentum balance equation is approximated by the Ergun

equation [38]:

@P
@z

¼ �150
ð1� eÞ2lgu

e3d2
p

� 1:75
ð1� eÞqgu

2

e3dp
ð20Þ

where P is the pressure, lg is the viscosity of the gas mixture, and dp
is the diameter of the catalyst pellet. The boundary condition for the
momentum balance equation is:

Pjz¼0 ¼ Pin ð21Þ
where Pin is the total pressure at the reactor inlet.

2.3. Implementation

The mass, energy and momentum conservation equations for
the redox process are solved using the commercial software COM-
SOL Multiphysics. The mesh number is set to 1600, as the simula-
tion results are almost the same but computational cost increases
significantly when further increasing the mesh number (see Fig. S1
in the Supplementary Material). The simulation parameters are
given in Table 1. It is worth noting that the model for the conven-
tional dehydrogenation process is also built, in order to compare
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the redox process with the conventional process. For the conven-
tional process, only PDH catalysts are packed in the reactor, and
the packing density of PDH catalysts keeps the same with the
one in the redox process. The model for the conventional process
is described and validated in the Supplementary Material, and
the simulation parameters are the same to the ones in Table 1.

3. Results and Discussion

3.1. A typical case

A typical simulation is conducted to obtain the fundamental
characteristics of propane dehydrogenation combined with chem-
ical looping combustion of hydrogen, and these simulation results
are compared with the ones of the conventional process (CPDH).
Fig. 2(a) and (b) display the propane conversions and propylene
yields of the redox process and the conventional process. The times
are deliberately selected to cover the period of consuming MeOx.
For the conventional process, the propane conversion and propy-
lene yield show a rapid increase along the axial position of the
reactor before reaching a plateau, since the dehydrogenation reac-
tion is very fast and can reach reaction equilibrium quickly. For the
redox process, the propane conversion and propylene yield
increase with the axial position of the reactor when the reaction
time is less than 20 min, suggesting that chemical looping combus-
tion of hydrogen can shift the reaction equilibrium towards propy-
lene. Besides, the propane conversion and propylene yield for the
redox process decrease with time, but they would not be lower
than these for the conventional process. Generally, the propane
conversion and propylene yield for the redox process are much
higher than these for the conventional process. When the reaction
time is in the range of 5–20 min, the outlet propane conversion and
propylene yield for the redox process are 17.5%–140.5% and 23.8%–
168.7% higher than these for the conventional process.

Fig. 2(c) shows the distributions of hydrogen mole fraction in
the fixed bed reactor. For the conventional process, the hydrogen
mole fraction increases to a plateau quickly, as the reaction equi-
librium is reached; then, a very slight decrease of hydrogen mole
fraction can be observed, and this can be attributed to the influence
of ethylene hydrogenation reaction (see Eq. (2)). For the redox pro-
cess, the hydrogen mole fraction firstly increases with the axial
position of the reactor and then decreases, the hydrogen mole frac-
tion increases with the reaction time, and the hydrogen mole frac-
tion is much lower than that of the conventional process. For the
redox process, hydrogen combustion reaction removes the hydro-
gen generated by the dehydrogenation reaction, which explains
the lower hydrogen mole fraction. Besides, the amount of oxygen
carrier decreases with time (see Fig. 2(e)), resulting in the
decreased hydrogen mole fraction with time.

Fig. 2(d) gives the temperature distributions for the conven-
tional process and the redox process. For the conventional process,
the temperature decreases quickly before reaching a constant
value (i.e., 767 K), as the propane dehydrogenation consumes much
heat. For the redox process, the temperature firstly decreases with
the axial position of the reactor then increases, and it decreases
again when the reaction time is short (t � 10 min). Besides, a sig-
nificant temperature drop between inlet and outlet of the reactor is
observed. These results can be explained by comparing the heat
consumed by the propane dehydrogenation reaction with the heat
generated by the hydrogen combustion reaction. The heat gener-
ated by the hydrogen combustion reaction should be lower than
the heat consumed by the propane dehydrogenation reaction,
resulting in the significant temperature drop between inlet and
outlet of the reactor.

Fig. 2(e) shows the distributions of MeOx mass fraction in the
redox process. The MeOx mass fraction decreases quickly with
the axial position of the reactor and then increases, as the MeOx

at the reactor inlet is firstly depleted. Besides, the MeOx mass frac-
tion decreases with time, and most of MeOx is consumed at
t = 20 min.

Fig. 2(f) displays the outlet propylene yield as a function of reac-
tion time for the redox process. The outlet propylene yield slightly
increases and then decreases with time. The maximum yield is
73.4%, which is 177.0% higher than that for the conventional pro-
cess (i.e., 26.5%). In the beginning, propane dehydrogenation reac-
tion quickly consumes a lot of heat, while much reaction heat has
not been released into the system due to the low hydrogen com-
bustion rate. After a few minutes, the heat generated by hydrogen
combustion reaction accumulates and starts to drive propane
dehydrogenation reaction. Therefore, a maximum yield is observed
in Fig. 2(f). An operating time for dehydrogenation (to) is defined as
the time when the outlet propylene yield is 80% of the maximum
yield (see Fig. 2(f)). The operating time should be dependent on
the reaction conditions and the fraction of MeOx in the reactor.
Besides, as seen from Fig. 2(f), the time-averaged yield of propylene
within the operating time (Yave) can be calculated by:

Yave ¼
R t¼to
t¼0 YðtÞdt

to
ð22Þ

For the redox process in Fig. 2, the operating time is 13.5 min,
and the time-averaged yield is 67.3% that is 154.0% higher than
the one for the conventional process. In addition, the three-
dimensional distributions of propane conversion, propylene yield,
mole fraction of hydrogen, temperature, and mass fraction of MeOx

are also given in Fig. S3 in the Supplementary Material.

3.2. Effects of operating conditions

Fig. 3(a) shows the effect of feed temperature on the time-
averaged yield of propylene and the operating time. The time-
averaged yield of propylene increases from 35.9% to 67.3% with
the feed temperature changing from 773 K to 973 K, while the
operating time decreases from 19 to 13.5 min. Fig. 3(b–d) display
the time-dependent distributions of propylene yield at T = 773 K,
873 K, and 973 K. The outlet yield of propylene increases with
the temperature at a specific reaction time. For example, at
t = 10 min, the outlet yields of propylene are 35.4%, 52.6%, and
66.6% for the reaction temperatures of 773 K, 873 K, and 973 K,
respectively. Besides, the outlet yields of propylene decrease more
quickly with time when the reaction temperature is higher. Appar-
ently, a high feed temperature is favorable for the redox process in
terms of the time-averaged yield of propylene shown in Fig. 3(a).
However, when choosing the feed temperature, other factors
should also be accounted for. For example, the PDH catalyst would

Table 1
Simulation parameters used in this work

Parameter Value

Reactor length (L)/m 10
Reactor radius (R0)/m 1
Superficial gas velocity in reactor (u)/m�s�1 0.75
Feed pressure (Pin)/MPa 0.05–0.30
Feed temperature (Tin)/K 773–973
Mole ratio of H2 to C3H8 in feed (xH2

/xC3H8
) 0–0.3

Mass fraction of PDH catalyst (yPDH) 0.1–0.9
Density of PDH catalyst (qPDH)/kg�m�3 2000①

Density of SHC catalyst (qSHC)/kg�m�3 2000①

Porosity of reactor bed (e) 0.5
Initial fraction of MeOx (cMeOx ) 0.15①

① Data from Abbas et al. [39].
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deactivate quickly if the reaction temperature is above 973 K [3].
Thus, a feed temperature of 973 K is preferable for the redox
process.

A higher feed temperature means more heat input from the
feed, which would lead to a higher temperature in the reactor
(see Fig. S4(a) in the Supplementary Material). The higher reaction
temperature results in higher reaction rates for propane dehydro-
genation and hydrogenation combustion, and subsequently leads
to a higher hydrogen fraction and a lower MeOx fraction (see
Figs. S4(b) and (c)). Besides, the higher reaction temperature is
more favorable to shift the reaction equilibrium towards propy-
lene. These explain the increased time-averaged propylene yield
and decreased operating time with the increase of reaction
temperature.

Fig. 4(a) displays the effect of feed pressure on the time-
averaged yield of propylene and the operating time. With the pres-
sure increasing from 0.05 to 0.30 MPa, the time-averaged yield of
propylene decreases from 70.3% to 59.2%, and the operating time
decreases from 26 to 4.5 min. Fig. 4(b)–(d) gives the time-
dependent distributions of propylene yield at Pin = 0.05, 0.10, and
0.30 MPa. The propylene yield decreases with the pressure at a
specific reaction time. For example, at the reaction time of 5 min,
the outlet propylene yields are 72.4%, 71.2%, and 53.2% for the
pressures of 0.05, 0.10, and 0.30 MPa, respectively. Besides, the
outlet propylene yield decreases very quickly when the pressure
is high. A lower feed pressure is more favorable when only consid-
ering the time-averaged yield of propylene. However, when the
reactor is operated at a pressure less than 0.1 MPa, a vacuum sys-
tem is required, which significantly increases the capital and oper-

ating costs. Therefore, a feed pressure of 0.1 MPa is favorable for
the redox process.

When the feed pressure is higher, the reaction rate of propane
dehydrogenation is higher (see Eq. (4)) and thus more hydrogen
is generated. Since the rate for the consumption of MeOx increases
with the concentration of hydrogen (see Eq. (8)), a higher feed
pressure would lead to a faster depletion of MeOx in the reactor
(see Fig. S5(c) in the Supplementary Material). This explains the
decreased operating time with the increase of feed pressure.
Although the rate for propane dehydrogenation increases with
the feed pressure, the mole flow rate of propane also linearly
increases with the pressure. Besides, a higher feed pressure is not
favorable in shifting the reaction equilibrium towards propylene.
These explain the decreased time-averaged yield of propylene with
the increase of feed pressure.

Fig. 5(a) shows the effect of hydrogen to propane mole ratio on
the time-averaged yield of propylene and the operating time. The
time-averaged yield of propylene reaches a maximum value of
77.0% at xH2

/xC3H8 = 0.15. The operating time is not sensitive to
the change of xH2

/xC3H8, only slightly decreases with xH2
/xC3H8.

Fig. 5(b)–(d) exhibit the time-dependent distributions of propylene
yield at xH2

/xC3H8 = 0.05, 0.15, and 0.25. The outlet propylene yields
at the reaction time of 5 min are 77.7%, 82.2%, and 77.4% for xH2

/
xC3H8 = 0.05, 0.15, and 0.25, respectively. According to the afore-
mentioned results, there exists an optimal xH2

/xC3H8 to achieve a
maximum time-averaged yield of propylene.

A higher xH2
/xC3H8 means a higher hydrogen combustion rate,

which results in more reaction heat to drive the propane dehydro-
genation reaction. This explains the increase of time-averaged

Fig. 2. Comparison of simulation results between the redox process and the conventional process (CPDH). (a) Propane conversion, (b) propylene yield, (c) mole fraction of
hydrogen, (d) temperature, and (e) mass fraction of MeOx along the axial position of the reactor; (f) the change of outlet propylene yield with time, (g) the schematic diagram
of the redox reactor. Simulation parameters: Tin = 973 K, Pin = 0.1 MPa, xH2

/xC3H8
= 0, and yPDH = 0.5. The other parameters are given in Table 1.
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Fig. 3. (a) Time-averaged yield of propylene and operating time under the feed temperature of 773–973 K. Distributions of propylene yield at the feed temperatures of (b)
773 K, (c) 873 K, and (d) 973 K. Simulation parameters: Pin = 0.1 MPa, xH2

/xC3H8
= 0, and yPDH = 0.5. The other parameters are given in Table 1.

Fig. 4. (a) Time-averaged yield of propylene and operating time under the feed pressure of 0.05–0.30 MPa. Distributions of propylene yield at the feed pressures of (b)
0.05 MPa, (c) 0.1 MPa, and (d) 0.3 MPa. Simulation parameters: Tin = 973 K, xH2

/xC3H8
= 0, and yPDH = 0.5. The other parameters are given in Table 1.
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Fig. 5. (a) Time-averaged yield of propylene and operating time under the hydrogen to propane mole ratio of 0–0.3. Distributions of propylene yield at the hydrogen to
propane mole ratio of (b) 0.05, (c) 0.15, and (d) 0.25. Simulation parameters: Tin = 973 K, Pin = 0.1 MPa, and yPDH = 0.5. The other parameters are given in Table 1.

Fig. 6. (a) Time-averaged yield of propylene and operating time under the PDH catalyst mass fraction of 0.1–0.9. Distributions of propylene yield at the PDH catalyst mass
fraction of (b) 0.2, (c) 0.4, and (d) 0.7. Simulation parameters: Tin = 973 K, Pin = 0.1 MPa, and xH2

/xC3H8
= 0. The other parameters are given in Table 1.
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yield of propylene with xH2
/xC3H8 when xH2

/xC3H8 � 0.15. However,
when the xH2

/xC3H8 is too high, the temperature in the reactor can
be very high and this would significantly reduce the selectivity
towards propylene. For example, when xH2

/xC3H8 = 0.25, the reac-
tion temperature can be as high as 1062 K at the reaction time of
10 min (see Fig. S6(a) in the Supplementary Material). Thus, the
time-averaged yield of propylene decreases with xH2

/xC3H8 when
xH2

/xC3H8 > 0.15. Besides, adding some hydrogen in the feed is also
helpful in preventing PDH catalyst from deactivation by coking [7].
The finding in this work indicates that adding an appropriate
amount of hydrogen in the feed is favorable in the redox process.

3.3. Effect of PDH catalyst mass fraction

Fig. 6(a) exhibits the effect of PDH catalyst mass fraction on the
time-averaged yield of propylene and the operating time. The
time-averaged yield of propylene firstly increases and then
decreases with PDH catalyst mass fraction changing from 0.1 to
0.9, resulting in a maximum time-averaged yield of propylene of
67.3% at yPDH = 0.5. The operating time decreases significantly from
40 to 2.5 min. Fig. 6(b–d) display the time-dependent distributions
of propylene yield at yPDH = 0.2, 0.4, and 0.7. The outlet propylene
yield for yPDH = 0.2 and 0.7 decreases more quickly with time than
that for yPDH = 0.4. Generally, the preferable PDH catalyst mass
fraction for the redox process is 0.5.

More PDH catalyst means a faster rate for propane dehydro-
genation, which is favorable to enhance the propylene yield. While
more PDH catalyst also indicates less MeOx in the reactor, which is
unfavorable to increase the propylene yield. The reaction of MeOx

with hydrogen can shift reaction equilibrium towards propylene
and provide much heat to drive the propane dehydrogenation reac-
tion. Due to the two competing factors, there exists an optimal PDH
catalyst mass fraction when only considering the time-averaged
yield of propylene. When the mass fraction of MeOx in the reactor
is low, less time is required to consume MeOx, as indicated by
Fig. S7(c) in the Supporting Material. This explains the decreased
operating time with the increase of PDH catalyst mass fraction.

4. Conclusions

In this work, a redox process combing propane dehydrogena-
tion with selective hydrogen combustion is proposed. In this pro-
cess, the propane dehydrogenation catalyst and the hydrogen
selective combustion catalyst are mixed and loaded into a fixed-
bed reactor. Since two reactions proceed simultaneously, hydrogen
can be removed in situ to shift the reaction equilibrium towards
propylene, and the reaction heat of hydrogen combustion can be
used to drive the propane dehydrogenation reaction. A two-
dimensional dynamic mathematical model is established to
describe the coupled mass transfer, heat transfer and chemical
reaction in the fixed-bed reactor during the dehydrogenation stage.
The simulation results of this redox process are compared with
these of a conventional process, and the effects of operating condi-
tions (i.e., feed temperature, pressure and composition) and PDH
catalyst mass fraction on the performance of the redox process
are investigated.

In a typical case, the redox process performs much better than
the conventional process, showing a propylene yield up to 73.4%
that is 177.0% higher than that for the conventional process (i.e.,
26.5%). The outlet propylene yield for the redox process is time-
dependent since the oxygen carrier is continuously consumed,
and thus an operating time when the outlet propylene yield is
above 80% of the maximum one is defined. The operating time is
13.5 min and the time-average propylene yield is 67.3% in the typ-
ical case. Considering the time-average propylene yield, operating

time, and other factors, the preferable operating conditions and
PDH catalyst mass fraction are obtained for the redox process. A
feed temperature of 973 K, a feed pressure of 0.1 MPa, a mole ratio
of H2 to C3H8 of 0.15, and a PDH catalyst mass fraction of 0.5 are
favorable for the redox process. It is worth noting that these prefer-
able operating conditions are obtained by the parametric sweep
method and they are not globally optimal. A more elegant method
is performing global optimization. However, to do this, a global
optimization model including many complex factors should be
developed. This is out of the scope of this work, and is the subject
of future work. This work should provide a mathematical model
and some useful guidance for developing the redox processes
combing propane dehydrogenation with selective hydrogen
combustion.
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